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Abstract 

With the increasing energy demand for cooling and in the search for alternatives to compression refrigeration 
machines, vapor absorption refrigeration technology is emerging as a promising solution. However, the 
traditional working fluids used in these machines (based on H2O and NH3 as refrigerants) present some 
disadvantages such as corrosion, low compactness, toxicity, and crystallization risks. To overcome these 
disadvantages, this study considers using carbon dioxide (CO₂) as refrigerant combined with a bio-based 
solvent, namely ethyl lactate (E-LAC). Indeed, based on new experimental heat of mixing data and considering 
the available literature data, ethyl lactate was identified as an interesting absorbent for CO₂. The experimental 
data obtained for the (CO₂–E-LAC) mixture, combined with those from the literature, were used to develop an 
appropriate thermodynamic model to finally assess, by calculation the performance of a single-stage absorption 
chiller with this working fluid pair. 
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1. Introduction 

Vapor-absorption refrigeration (VAR) technology uses thermal energy as main driving source. Therefore, 
waste heat recovered from industrial processes or heat supplied by renewable sources (e.g., solar and 
geothermal energy) can be used to operate these refrigeration systems. Furthermore, VAR cycle uses natural 
working fluids (WFs). Commonly used WFs in VAR cycle are binary mixtures containing a refrigerant and an 
absorbent and the energy performance of these cycles is critically dependent on their thermophysical properties 
[1]. The most widely used working fluid mixtures are water-lithium bromide (H2O–LiBr) for positive cooling 
applications and ammonia-water (NH3–H2O) for negative cooling [1]. Despite their noteworthy 
thermodynamic properties, these WFs exhibit specific drawbacks such as toxicity, corrosion or solution 
crystallization which prevent wider use. Despite intensive research carried out either to solve issues linked to 
the use of (NH3–H2O) and (H2O–LiBr) WFs pairs or to propose new working fluids, the VAR technology has 
known a very limited expansion. Hence searching for an environmentally friendly and efficient cycle using a 
non-toxic, non-corrosive working fluid has become of great importance. Recently, Coulier et al. [2] proposed 
to use carbon dioxide (CO2) refrigerant with an absorbent from the biomass, namely a biobased solvent (BBS). 
The authors presented a methodology for preselecting the BBS based primarily on CO2 solubility in BBS 
criteria. Inspired by this work and in line with the same approach, ethyl lactate (E-LAC) appears to be a relevant 
candidate. This bio-based solvent is attracting growing interest as a sustainable alternative to conventional 
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organic solvents, leading to its use in numerous applications [3]. However, despite this interest and the 
availability of associated thermodynamic data [3-7], the potential of the (CO2–E-LAC) mixture has never been 
evaluated for absorption refrigeration applications, which is the main motivation for this study. This work 
therefore goes beyond a simple preselection of solvents compatible with CO2 and aims to evaluate the 
performance of a single-stage absorption refrigeration cycle using ethyl lactate as a potential absorbent. To 
this end, the model parameters of an equation of state (EOS) were determined using available thermodynamic 
properties of interest for a VAR cycle on (CO2–E-LAC) system [3-7]. New excess enthalpy data were 
measured at a temperature lower than 298.15 K using a flow calorimetric technic developed in our laboratory. 
Finally, a comprehensive thermodynamic analysis, based on the simulation of an absorption refrigeration 
system, is presented to evaluate the real potential of this mixture for this application. 

2. Thermodynamic Framework 

To model with accuracy simultaneously enthalpy of mixing and vapor-liquid equilibria data we used an 
equation of state with complex mixing rules. This model, based on a φ-φ approach, was then used in this study 
to calculate the enthalpy and the vapor-liquid equilibria required to model the single stage absorption chiller. 

 

2.1. Model description 

In this work the equation of state Peng-Robinson [8] for mixture was used with MHV1 complex mixing 
rules [9]:  

 𝑃𝑃  =  𝑅𝑇
𝑣−𝑏𝑚

− 𝑎𝑚
𝑣2+2𝑏𝑚𝑣−𝑏2

 (1) 

 𝑎𝑚
𝑏𝑚𝑅𝑇

= ∑ 𝑥𝑥𝑖
𝑎𝑖

𝑏𝑖𝑅𝑇
+

𝑔�,�

𝑅𝑇 −∑ 𝑥𝑖ln𝑖 � 𝑏𝑖
𝑏𝑚

�

�1𝑖  (2) 

With q1 an EOS dependent numerical constant (q1 = 0.534). The components parameters ai and bi are 
calculated as follows: 

 𝑎𝑎𝑖  = 𝑎𝑎𝑐,𝑖 ∙ 𝛼𝛼𝑖(𝑇𝑇) (3) 

With: 

 𝑎𝑎𝑐,𝑖  = 0.45724𝑅2𝑇𝑐,𝑖
2

𝑃𝑐,𝑖
 (4) 

 
And 𝛼𝛼𝑖(𝑇𝑇), the Boston-Mathias alpha function [10] defined as follows: 

 𝐹𝐹𝐹𝐹𝐹𝐹 𝑇𝑇 <  𝑇𝑇𝑐,𝑖 ∶ 𝛼𝛼𝑖(𝑇𝑇) = �1 + �0.37464 + 1.54226𝜔𝜔𝑖 − 0.26992𝜔𝜔𝑖
2��1 − � 𝑇

𝑇𝑐,𝑖
�
1
2�
��

2

 (5) 

With: 

 𝑚𝑚 = 0.37464 + 1.54226𝜔𝜔𝑖 − 0.26992𝜔𝜔𝑖
2 (6) 

 

 𝐹𝐹𝐹𝐹𝐹𝐹 𝑇𝑇 >  𝑇𝑇𝑐𝑐,𝑖𝑖 ∶ 𝛼𝛼𝑖𝑖(𝑇𝑇) = �𝑒𝑒𝑒𝑒𝑒𝑒 �𝑐𝑐 �1 − �𝑇𝑇

𝑇𝑇𝑐𝑐
�
𝑑𝑑
���

2

 (7) 

With: 
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 𝑑𝑑 = 1 + 𝑚
2

    and  𝑐𝑐 = 1 − 1
𝑑

 (8) 

 𝑏𝑏𝑖   = 0.07780 𝑅𝑇𝑐,𝑖
𝑃𝑐,𝑖

 (9) 

 𝑏𝑏𝑚 = ∑ 𝑥𝑥𝑖𝑏𝑏𝑖𝑖  (10) 

ωi, Pc,i and Tc,i are the the acentric factor, the critical pressure and temperature of component i respectively 
and are given in Table 1. 

 

Table 1. Characteristic parameters of pure compounds [10] 

i Tc  /K Pc  /MPa ω 

CO2 304.21 7.383 0.22362 

E-LAC 796.26 6.26 0.36 

 
The excess free enthalpy is calculated using NRTL activity coefficient model [11]: 
 

 𝑔�,�

𝑅𝑇
= 𝑥𝑥1𝑥𝑥2 � 𝜏21𝐺21

𝑥1+𝑥2𝐺21
+ 𝜏12𝐺12

𝑥2+𝑥1𝐺12
� (11) 

 𝜏𝜏𝑖� = 𝑔𝑖�−𝑔��

𝑅𝑇
       and      𝐺𝐺𝑖� = 𝑒𝑒𝑒𝑒𝑒𝑒�−𝛼𝛼𝛼𝛼𝑖�� (12) 

And: 

 𝑔𝑔𝑖� − 𝑔𝑔�� = 𝑏𝑏𝑖�
(0) + 𝑏𝑏𝑖�

(1)(𝑇𝑇 − 𝑇𝑇0) (13) 

 
𝜏𝜏𝑖�, 𝐺𝐺𝑖�, 𝑔𝑔𝑖�, 𝑏𝑏𝑖�

(0)and 𝑏𝑏𝑖�
(1)are NRTL interaction parameters. α is the non-random parameter and is set to 

0.3. T0 is equal to 273.15 K. For binary systems we have thus four binary (b��
(0)and b��

(1)) interaction parameters 
to adjust using experimental enthalpy and vapor liquid equilibria data. 

2.2. Vapor-liquid equilibrium calculation 

The physical equilibria that take place are expressed as follows: 

 CO2
(𝑙)  ⇌  CO2

(𝑣) (14) 

 E-LAC(l)  ⇌  E-LAC(v) (15) 

To model these equilibria, a φ-φ approach [8] is employed and the phase equilibrium condition at a 
temperature T and a pressure p for CO2(1) and E-LAC(2) yields: 

 𝑥𝑥1𝜙𝜙1
𝑙 (𝑇𝑇, 𝑝𝑝, 𝑥𝑥1) = 𝑦𝑦1𝜙𝜙1

𝑣(𝑇𝑇, 𝑝𝑝, 𝑦𝑦1) (16) 

 𝑥𝑥2𝜙𝜙2
𝑙 (𝑇𝑇, 𝑝𝑝, 𝑥𝑥2) = 𝑦𝑦2𝜙𝜙2

𝑣(𝑇𝑇, 𝑝𝑝, 𝑦𝑦2) (17) 

xi and yi are the mole fraction in the liquid and vapor phase respectively. 𝜙𝜙i is the fugacity coefficient in 
the liquid or vapor phase and is calculated as follows: 

 𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅(𝜙𝜙𝑖) = ∫ �𝑣𝑣𝚤� − 𝑅𝑇
𝑃

� 𝑑𝑑𝑑𝑑𝑃
0  (18) 
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𝑣𝑣𝚤�  is the partial molar volume of constituent I and R is the universal gas constant. The VLE of (CO2–E-
LAC) system are obtained by solving the two equilibrium equations (Eqs. 13 and 14) with respect to two 
unknowns using an iterative method. The composition at equilibrium of the liquid and vapor phase are 
calculated for a given temperature and pressure. 

2.3. Enthalpy of mixing calculation 

The excess molar enthalpy HE of (CO2–E-LAC) system is obtained from the P-v-T relationship in the 
mixture and for pure components following equations 19-21: 

 𝐻𝐻�(𝑇𝑇,𝑃𝑃, 𝑥𝑥) =  𝐻𝐻𝑅(𝑇𝑇,𝑃𝑃, 𝑥𝑥) − ∑ 𝑥𝑥𝑖𝑛
𝑖=1 𝐻𝐻𝑖𝑅(𝑇𝑇,𝑃𝑃) (19) 

 𝐻𝐻𝑅(𝑇𝑇,𝑃𝑃, 𝑥𝑥) = ∫ �𝑇𝑇 ��𝑃
�𝑇
�
𝑣,𝑥

− 𝑃𝑃� 𝑑𝑑𝑑𝑑 + 𝑃𝑃𝑃𝑃 − 𝑅𝑅𝑅𝑅𝑣
�  (20) 

 𝐻𝐻𝑖𝑅(𝑇𝑇,𝑃𝑃) = ∫ �𝑇𝑇 ��𝑃
�𝑇
�
𝑣𝑖
− 𝑃𝑃� 𝑑𝑑𝑑𝑑𝑖 + 𝑃𝑃𝑃𝑃𝑖 − 𝑅𝑅𝑅𝑅𝑣𝑖

�  (21) 

HR(T,P,x) is the residual enthalpy of the mixture for a given temperature, pressure and composition and 
Hi

R(T,P) is the residual enthalpy for pure component i, in the same temperature and pressure. 

3. Experimental Thermodynamic 

The enthalpies of mixing of CO2 and ethyl-lactate were measured at 283.15 and pressure from 7 to 12 MPa 
on a large range of composition (xCO2 = 0.1 to 0.95). For that purpose, a flow calorimetric technique developed 
in our laboratory was used. 

 
Ethyl-lactate was purchased from Tokyo Chemical Industry with a purity > 99 % and was used without 

further purification. Carbon dioxide (purity of 99.995 %) was obtained from Air Products. 
 
The calorimetric technique is described in detail in Coulier et al. work [12]. Briefly, enthalpy of mixing 

was determined in flow mode, using a Calvet type calorimeter. The overall experimental arrangement and the 
technical modifications made on the calorimeter to allow measurements at sub-ambient temperatures are 
described in [13]. Experiments are performed at constant temperature (±0.03 K). Carbon dioxide and E-LAC 
flow to a mixing cell unit located inside the calorimeter, where the heat released by the mixing process is 
obtained from thermopile signal. The pure fluids are supplied by two high-pressure syringe pumps (model 
260DM from ISCO). These two pumps are regulated at a constant temperature (±0.1 K) using a thermostatic 
bath. The pressure is maintained constant during the experiments using two buffer volumes and a microvalve 
located at the end of the flow line. The pressure is measured by an electronic Keller pressure gauge placed at 
the outlets of the mixing cell with an uncertainty of 0.01 MPa. 

The molar enthalpy of mixing (ΔmixH) is defined as a heat of mixing per mol of mixture (E-LAC and CO2). 
In case where pure species and their related mixtures are in the same aggregation state at given temperature 
and pressure (liquid state in the present case), enthalpy changes on mixing are strictly equal to excess enthalpies 
(HE). Thus, the terms “excess enthalpy” will be used thereafter to designate the measured data. This enthalpy 
is obtained from the calorimetric signal, detected by the thermopile surrounding the mixing cell as follows: 

 ∆mix𝐻𝐻 = 𝐻𝐻� = ∆�𝑖𝑔𝑛𝑎𝑙
�∙�𝑛̇CO2+𝑛̇�−�𝐴𝐶�

 (22) 

where Δsignal is the difference between the electrical signal (mV) recorded during mixing and a baseline. 
The baseline signal is obtained when only E-LAC is flowing through the set up. K is a calibration constant 
used to convert the calorimetric signal, Δsignal (mV) into heat flux (mW). The calibration constant was 
determined at each temperature investigated in this study by measuring the heat of mixing of reference systems. 
𝑛̇𝑛CO2 and 𝑛̇𝑛E−LACare the molar flowrates. The experiments are performed at constant temperature and pressure 
and different gas-solvent flow rate fractions. Considering the uncertainties of fluid flow rates, thermopile 
calibration and calorimetric signal noises, the relative uncertainty on molar flow rates and molar enthalpies of 
mixing are less than 1.5% and 5 % respectively. 
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4. Simulation of the Absorption Refrigeration Cycle 

The vapor absorption refrigeration cycle as illustrated in Figure 1 is made of a condenser, a refrigerant 
expansion valve (REV) an evaporator, an absorber, a circulation pump, a solution heat exchanger (SHX), a 
solution expansion valve (SEV) and a generator. The connecting lines between components are marked by 
numbered state points indicating the progression of the working fluids through the cycle. 

In this cycle, the refrigerant (i.e., carbon dioxide) exits the evaporator as a low-pressure vapor. Arriving to 
the absorber, this vapor is absorbed by the diluted solution, which releases heat (𝑄̇𝑄𝑎). The resulting mixture, 
known as concentrated solution, is pressurized by the pump and sent to the generator, where external heat (𝑄̇𝑄𝑔) 
separates the CO2 at high-pressure. The created vapor proceeds to the condenser, while the resulting diluted 
solution returns to the absorber at low pressure via the solution expansion valve, completing the solution cycle. 
To improve the chiller's efficiency, a SHX is placed before the generator, allowing the returning hot diluted 
solution to preheat the concentrated solution, enabling internal heat recovery. In the condenser, the CO2 is 
condensed to high-pressure liquid refrigerant while releasing heat (𝑄̇𝑄𝑐). The liquid CO2 then passes through 
the refrigerant expansion valve and into the evaporator, where it evaporates, absorbing heat (𝑄̇𝑄𝑒) from the 
external environment to complete the refrigerant cycle. 

 

 

Figure 1: Schematic representation of the studied configuration of a single-stage absorption cycle 

4.1. Modeling Assumptions 

For the sake of simplicity, the following assumption were chosen:  
- Steady state for all fluid streams. 
- Negligible pressure drops. Thus, only two pressure levels exist in this cycle, p Low= p1 = p6 = p9 = p10 

and p High= p2 = p3 = p4 = p5 = p7 = p8. 
- Negligible heat losses to the surroundings. 
- The condenser and the absorber are cooled by the same fluid and thus Ti = Ta = Tc. 
- The solution at the outlet of the sorption elements is in equilibrium conditions. 
- The refrigerant leaving the condenser and evaporator is in saturated conditions. 
- εSHX = 0.8 and ideal heat exchangers for the rest of the components. 
- Vapor leaving generator has zero absorbent content. 
- The vapor leaving the generator is assumed to be in equilibrium with the concentration of the 

incoming liquid solution stream. Thus T7 = T sat
 (w3, p7). 

- Isentropic pumping. 

4.2. Mass and Energy Balances 

The simulation of the process consists of solving the mass and energy balances for an absorption chiller 
with a cooling capacity of 10 kW. As the working fluid is a binary mixture, the mass balance is described by 
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an overall mass balance and an absorbent mass balance for each component of the process as it is described in 
Eqs. (23-24). The used energy balance for each component is given by Eq. (25). 

 ∑ 𝑚̇𝑚𝑖 = ∑ 𝑚̇𝑚𝑜 (23) 

 ∑(𝑚̇𝑚𝑖 𝑤𝑤𝑖) = ∑(𝑚̇𝑚𝑜 𝑤𝑤𝑜) (24) 

 ∑((𝑚̇𝑚𝑖 ℎ𝑖)- (𝑚̇𝑚𝑜 ℎ𝑜)) + ∑ 𝑊̇𝑊+ ∑ 𝑄̇𝑄𝑖 𝑜⁄ = 0 (25) 

𝑚̇𝑚, w and h represent respectively the mass flow rate (kg s–1) the mass fraction of the absorbent and the 
specific enthalpy (kJ kg–1) of the inlet (index i) and the outlet (index o) stream for the selected cycle component. 

By expressing the mass and energy balances for each component of the cycle, and given that the fluid living 
the generator is considered pure refrigerant (𝑤𝑤7 = 0) and that the mass fractions and mass flow rates remain 
unchanged in the single-inlet and single-outlet process components (i.e., all components except the absorber 
and generator), the problem can be reduced to determining two main mass fractions (𝑤𝑤1and 𝑤𝑤4), three mass 
flow rates (𝑚̇𝑚1, 𝑚̇𝑚4 and 𝑚̇𝑚7) and the specific enthalpies at each point in the cycle. 

 
To be able to solve the mass and energy balances two other equations were added for (1) the solution heat 

exchanger heat transfer and (2) the pump model. 
(1) The solution heat exchanger effectiveness is given as the ratio of real heat transfer rate to maximum 

achievable heat transfer rate. The latter is calculated by multiplying the minimum capacitance rate by 
the temperature difference between the inlet streams (T2 and T4). Since, in our study, the hot stream has 
the minimum capacitance rate, the effectiveness of the SHX can be written as in Eq. (26). 

 𝜀𝜀�𝐻𝑋 =  𝑇4−𝑇5
𝑇4−𝑇2

 (26) 

(2) In this work, a standard pump model for an incompressible fluid, based on the principle of an isentropic 
pressure change was used with 100% efficiency: 

 𝑊̇𝑊 =  𝑚̇1 𝑣1 �𝑝ℎ𝑖𝑔ℎ−𝑝𝑙𝑜𝑤�
� 𝑝�𝑚𝑝

 (27) 

v1 and ηpump are the solution's specific volume at the pump inlet (m3.kg-1) and pump efficiency, respectively. 

4.3. Nominal Conditions 

For this study, the output temperatures of each corner component in the process are used as inputs. These 
inputs are fixed to nominal conditions summarized in Table 2. 

Table 2. Nominal operating conditions 

Component Defined temperature 

Absorber 𝑇𝑇1= 𝑇𝑇𝑖= 298.15 K 
Generator 𝑇𝑇4= 𝑇𝑇�= 363.15 K 

Condenser 𝑇𝑇8= 𝑇𝑇�= 298.15 K 

Evaporator 𝑇𝑇10= 𝑇𝑇�= 278.15 K 

 
The temperatures T8 and T10 define the two pressure levels in the system using the properties of pure carbon 

dioxide. In fact, the high pressure is set by the condenser outlet saturation conditions (state 8): p High = psat (T8, 
w8) and the low pressure is set by the evaporator outlet saturation conditions (state 10): p Low = psat (T10, w10). 

Using the two other temperatures (T1 and T4), the mass fractions at points 1 and 4 can be determined based 
on the assumption of equilibrium states at these points. Thus, the mass fractions of the solutions leaving the 
absorber (w1) and the generator (w4) can be calculated as follows: w1 = wsat (T1, p Low) and w4 = wsat (T4, p High). 

These pressures (p High and p Low) and mass fractions (w1 and w4), as well as the other thermodynamic 
properties required for process modeling (other temperatures and specific enthalpies), are first calculated with 
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the thermodynamic model developed in this study, using ProSim's Simulis Thermodynamics software, 
integrated into Excel. 

 
In order to solve the mass and energy balances of the absorption refrigeration cycle, the mass flow rate 𝑚̇𝑚1, 

chosen as an input, is initially set at 1 kg.s-1 and a sequential calculation procedure, in which the balance 
equations are solved in order, is used. The mass and energy flows are thus determined successively from the 
previously known thermodynamic states, without the use of a nonlinear solver. Once the mass and energy 
balances have been completely established, the results are normalized proportionally in order to obtain a 
cooling capacity of 10 kW. The consistency of the results is finally verified by the residuals of the global mass 
and energy balances. 

5. Results and discussion 

5.1. Modeling results 

Binary interaction parameters have been determined using VLE and excess enthalpy data from the literature 
[3-7] and determined in this work. Table 3 presents the number of data used for parameters adjustment, the 
temperature and pressure conditions, as well as the absolute average relative deviation (AARD%) used to 
evaluate model quality for each property. 

Table 3. Experimental VLE and enthalpy data from the literature and their comparison with correlation results from the model. 

Na T (K) pmax (MPa) AARD (%)b 

Vapor-liquid-equilibria 

65 313-393 12.64 8.8 

Excess enthalpy 

165 283-303 12 11.5 
aN = number of experimental data points. 

b𝐴𝐴𝐴𝐴𝐴𝐴𝐴𝐴 = 1 𝑁𝑁⁄ ∑ �𝑋𝑋𝑖
��� − 𝑋𝑋𝑖�al�� 𝑋𝑋𝑖

����𝑁
𝑖 with X = xCO2 or HE 

The adjustment of the BIPs of the model (Eq. (10)) was performed with Minuit software, using Simplex 
method and the objective function F as expressed in Eq. (25): 

 𝐹𝐹 = 𝑤���
𝑛���

∑ �
𝑥𝐶𝑂2,𝑖
𝑒𝑥𝑝 −𝑥𝐶𝑂2,𝑖

𝑐𝑎𝑙𝑐

�(𝑥𝐶𝑂2,𝑖
𝑒𝑥𝑝 )

�
2

+𝑛���
𝑖

𝑤𝐻
𝑛𝐻

∑ �𝐻𝑖
�,𝑒𝑥𝑝−𝐻𝑖

�,𝑐𝑎𝑙𝑐

�(𝐻𝑖
�,𝑒𝑥𝑝)

�
2

𝑛𝐻
𝑖  (28) 

Where 𝑥𝑥CO2,𝑖
��� , 𝑥𝑥CO2,𝑖

�al� , 𝐻𝐻𝑖
E,���  and 𝐻𝐻𝑖

E,�al�  are the experimental and calculated CO2 molar fraction and 
excess enthalpy of data i; nVLE and nH are the number of experimental vapor liquid equilibria and enthalpy data 
points respectively and w denotes weighting factors. As model parameters are much more sensitive to VLE 
data than to HE data, weighting factors were initially set to wVLE = 1 and wH = 0.25 and then, manually adjusted 
to ensure the best compromise between the reproduction of VLE and HE data. The resulting BIPSs are given 
in Table 4 and the correlation of the excess enthalpies is illustrated in figure 2. 

Table 4. BIPs of the EOS (Eq. (13)) 

Constituent 𝑏𝑏𝑖�
(0) 𝑏𝑏𝑖�

(1) 

CO2–E-LAC 2090.7 12.409 

E-LAC-CO2 -1260.2 -3.5168 

5.2. Experimental results 

The excess molar enthalpies of the (CO2–E-LAC) system as a function of the CO2 molar fraction were 
determined at 283.15 K and under pressure from (7.00 to 12.00) MPa. The experimental data are represented 
in Figure 2. Exothermic excess enthalpies were observed for each temperature and pressure condition. For a 
given mole fraction and at 283.15 K, mixing enthalpies are slightly less exothermic as the pressure increases. 
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And for a given mole fraction and at 7.00 MPa, mixing enthalpies are more exothermic as the temperature 
increases.  

 

Figure 2: Experimental excess molar enthalpies for (CO2–E-LAC) sytem. Experimental data at 283.15 K, ■ 7.00 MPa; ▲ 9.00 MPa; 
● 12.00 MPa and × at 298.15 K and 7,00 MPa [3]. — PR EOS with MHV1 mixing rules. 

5.3. Performance evaluation of the vapor absorption cycle 

The cycle performance analysis was carried out using various performance indicators, namely:  

- Overall coefficient of performance: 

 𝐶𝐶𝐶𝐶𝐶𝐶𝑜𝑣𝑒𝑟𝑎𝑙𝑙 = 𝑄̇𝑄𝑒 �𝑄̇𝑄𝑔 + 𝑊̇𝑊��  (29) 

- Thermal coefficient of performance: 

 𝐶𝐶𝐶𝐶𝐶𝐶�ℎ =  𝑄̇𝑄𝑒 𝑄̇𝑄𝑔�  (29) 

- Electrical coefficient of performance: 

 𝐶𝐶𝐶𝐶𝐶𝐶𝑒𝑙𝑒𝑐 = 𝑄̇𝑄𝑒 𝑊̇𝑊⁄  (29) 

- Circulation ratio: 

 𝑓𝑓 =  𝑚̇ 𝑐𝑜𝑛𝑐𝑒𝑛�𝑟𝑎�𝑒𝑑 �𝑜𝑙��𝑖𝑜𝑛
𝑚̇ 𝑟𝑒𝑓𝑟𝑖𝑔𝑒𝑟𝑎𝑛�

 (29) 

- Concentration difference between concentrated and diluted solutions: 

 ∆𝑤𝑤 = 𝑤𝑤4 −  𝑤𝑤1 (29) 

Simulation results for the absorption refrigeration process using the (CO2–E-LAC) working fluid pair were 
compared with those for traditional (NH3–H2O) and (H2O–LiBr) chillers simulated with Engineering Equation 
Solver software. Given that these systems operate at different pressure and temperature ranges, this comparison 
isn't meant to suggest a direct industrial replacement, but rather to show how (CO2–E-LAC) performs 
compared to traditional cycles. To ensure a consistent comparison, performance was evaluated for a cooling 
capacity of 10 kW and identical operating temperatures (T1, T4, T8 and T10), regardless of the working pressures 
specific to each system. 
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5.3.1. Results under nominal operating conditions 

Simulation results for the absorption refrigeration process under nominal operating conditions and for a 
cooling capacity of 10 kW are summarized in the Table 5 for the three studied working fluid. 

Table 5. Simulation results of absorption chiller using (CO2–E-LAC), (NH3–H2O) or (H2O–LiBr) under nominal conditions 

Working fluid pair CO2–E-LAC NH3–H2O H2O–LiBr 

𝐶𝐶𝐶𝐶𝐶𝐶𝑜𝑣𝑒𝑟𝑎𝑙𝑙 0.36 0.72 0.84 
𝐶𝐶𝐶𝐶𝐶𝐶�ℎ 0.37 0.72 0.84 

𝐶𝐶𝐶𝐶𝐶𝐶�l�� 10.93 7.0E+02 4.6E+05 

𝑄̇𝑄� (kW) 26.74 13.92 11.90 

𝑓𝑓 5.60 2.53 3.43 

∆𝑤𝑤 0.14 0.25 0.20 

𝑊̇𝑊 (kW) 0.91 1.3E-02 2.2E-05 

PHigh (MPa) 6.45 1.00 0.0030 

PLow (MPa) 4.00 0.51 0.0009 

 
Table 5 shows that the 𝐶𝐶𝐶𝐶𝐶𝐶�� of the absorption chiller using the (CO2–E-LAC) fluid pair is about 0.37 

which is lower compared to chillers operating with NH3–H2O and H2O–LiBr. This difference in our system is 
mainly due to the higher fluid circulation rates, which increase the heat input to the generator. These flow rates 
depend, in turn, on the concentration difference (∆𝑤𝑤) and on the refrigerant’s vaporization enthalpy. Indeed, 
since our system (CO2–E-LAC) has a lower ∆𝑤𝑤 than the two others, a higher solution flow rate is required to 
maintain the same refrigerant flow rate. We can also observe that the 𝐶𝐶𝐶𝐶𝐶𝐶𝑒𝑙𝑒𝑐 for (CO2–E-LAC) chiller is one 
to four orders of magnitude lower than that of chillers operating with (NH3–H2O) and (H2O–LiBr) respectively. 
This is due to the significantly higher Ẇ for our system, due to a greater pump inlet-outlet pressure difference 
between all three systems. 

Despite the lower performance of the (CO2–E-LAC) cycle compared with traditional working fluid pairs, it 
must be emphasized that the key advantage of using (CO2–E-LAC) is avoiding the technical problems related 
to traditional pairs, such as toxicity, corrosion, crystallization or the need for a rectifier. In addition, the 
performance of the (CO2–E-LAC) cycle can be improved by modifying the cycle's operating conditions, as 
discussed in the next section. 

5.3.2. Parametric analysis 
 

 Evaporator temperature 

One advantage of using (CO2–E-LAC) as working fluid pair is the ability to produce cooling at negative 
temperatures. However, the analysis showed that lowering this temperature to 268.15 K yield to a drop in 
𝐶𝐶𝐶𝐶𝐶𝐶�� down to 0.26. For this reason, (CO2–E-LAC) mixture is not suitable for producing deep freezing, but 
rather for air-conditioning applications or use at temperatures close to 273.15 K. On the other hand, increasing 
Te from 278.15 K to 288.15 K increased the 𝐶𝐶𝐶𝐶𝐶𝐶�� up to 0.45 as shown in Figure 3. The same figure illustrates 
an improvement in 𝐶𝐶𝐶𝐶𝐶𝐶𝑒𝑙𝑒𝑐 with increasing Te. This is due to the reduction in pump power following the 
reduction in solution flow rate and the pressure difference between the absorber and the generator. These 
improvements can be explained by the fact that the increase in evaporator temperature raises the evaporator 
and the absorber pressure, which enhances the CO2 absorption and thus increases ∆𝑤𝑤 (Figure 3). Higher 
solubility in the absorber means less solution flow rate to produce the same amount of refrigerant. So, for the 
same cooling capacity, less solution flow fed to the generator and a reduction of the energy duties is achieved. 
Figure 3 shows that 𝑓𝑓 decreases with increasing Te. 
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Figure 3: Calculated COP, 𝑓𝑓 ratio and ∆𝑤𝑤 vs evaporator temperature for: ○ CO2–E-LAC; □ NH3-H2O and △ H2O-LiBr systems 

  Intermediate temperature 

The influence of the intermediate temperature on the performance of the system is illustrated in Figure 4. 
Reducing Ti, down to 293.15 K, results in an improvement of 𝐶𝐶𝐶𝐶𝐶𝐶��, raising it to 0.48. This is because a 
decrease in this temperature, yield both to an increase in CO₂ absorption at the absorber, and to a decrease in 
condenser pressure, and consequently, in the generator. This pressure drop at a same generator temperature 
promotes the desorption of more CO₂. These two phenomena increase the ∆𝑤𝑤 (Figure 4), which leads to a 
reduction in the 𝑓𝑓 and therefore a decrease in solution flowrates and energy duties. 

 

 

Figure 4: Calculated COP, 𝑓𝑓 ratio and ∆𝑤𝑤 vs intermediate temperature for: ○ CO2–E-LAC; □ NH3-H2O and △ H2O-LiBr systems 

 Generator temperature 

The influence of generator temperature on cycle performance was studied by varying Tg between 343.15 K 
and 383.15K. For the 𝐶𝐶𝐶𝐶𝐶𝐶��, this analysis was extended to 320 K to determine the minimum temperature 
required to start the desorption of the refrigerant from the absorbent (cut-off temperature). As shown in Figure 
5, this cut-off temperature for CO2–E-LAC is slightly higher than those of traditional working fluid pairs. This 
figure reveals also that for all three studied working fluid pairs, increasing Tg results in a significant increase 
in 𝐶𝐶𝐶𝐶𝐶𝐶��  up to an optimum temperature after which it stabilizes with a slight decrease. The optimum 
temperatures (355.15, 339.15 and 331.15K for CO2–E-LAC, NH3-H2O and H2O-LiBr respectively) are 
relatively low, enabling the use of low-temperature heat sources. Increasing Tg improves the 𝐶𝐶𝐶𝐶𝐶𝐶𝑒𝑙𝑒𝑐 (Figure 
5) and the circulation ratio 𝑓𝑓 (Figure 5). Indeed, a higher Tg promotes refrigerant desorption, which increases 
∆𝑤𝑤 (Figure 5), leading to a reduction in solution flowrate, and therefore a reduction in pump power. As a 
conclusion, increasing the generator temperature reduces the circulation ratio but does not improve the COP 
for the three systems. 
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Figure 5: Calculated COP, 𝑓𝑓 ratio and ∆𝑤𝑤 vs generator temperature for: ○ CO2–E-LAC; □ NH3-H2O and △ H2O-LiBr systems 

6. Conclusions 

A thermodynamic characteristic (CO2–E-LAC) working fluid was performed to analyze the performance 
of a vapor absorption cycle using this WF pair. To achieve this task the binary interaction parameters of Peng-
Robinson equation of state using MHV1 mixing rule with NRTL activity coefficient model were determined. 
These BIPs were adjusted using available vapor-liquid-equilibria and enthalpy data. Finally, this equation of 
state was used to model a vapor absorption chiller and analyze the influence of the operating parameters. A 
COP of 0.36 was found at the nominal condition investigated. Despite the poorer performance of the (CO2–E-
LAC) cycle compared to traditional working fluid pairs, it should be emphasized that the main advantage of 
using (CO2–E-LAC) is to avoid the technical issues associated with conventional pairs utilization, such as 
toxicity, corrosion, crystallization or the need of a rectifier. 

7. Nomenclature 

a attractive term of EOS (Pa× m6×mol-2) b repulsive term of EOS (m3×mol–1) 
b NRTL interaction parameter  COP coefficient of performance 
F objective function f circulation ratio 
G g,  NRTL interaction parameter gE,γ excess Gibbs energy 
h specific enthalpy (kJ×kg–1) H  molar enthalpy (J×mol-1) 
K calibration constant (V.W-1) 𝑚̇𝑚 mass flowrate (kg×s-1) 
𝑛̇𝑛  molar flowrate (mol×s-1) p pressure (Pa) 
𝑄̇𝑄 Heat flow (W) q1 MHV1 constant 
R molar gas constant (8.314472 J×mol–1×K–1) T temperature (K) 
v molar volume (m3×mol-1) w mass fraction 

   𝑊̇𝑊 pump work x molar fraction 
y vapor molar fraction α EOS alpha function 
α NRTL non-randomness parameter εSHX solution heat exchanger effectiveness 
η pump efficiency 𝜙𝜙 fugacity coefficient 
τ  NRTL interaction parameter ω acentric factor 
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